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Abstract

The present paper proposes a model for phase change heat transfer to binary mixtures at high qualities (annular flow
regime). Use is made of a Colburn-Drew type formulation for calculation of interfacial parameters (mass fluxes,
compositions and temperature). It is observed that, when combined with the hydrodynamic effects due to droplet in-
terchange described in Part I, the formulation gives a very good prediction of bulk and wall temperatures and the
deterioration in the heat transfer coefficient reported by Kandlbinder [Experimental investigation of forced convective
boiling of hydrocarbons and hydrocarbon mixtures, Ph.D. thesis, University of London, Imperial College, 1997] for
forced convective boiling experiments in a vertical, electrically heated, stainless steel, 25.4 mm ID test section using
binary hydrocarbon mixtures. © 2001 Elsevier Science Ltd. All rights reserved.

1. Introduction

This is the second part of a paper devoted to the
description of forced convective boiling of binary mix-
tures at high qualities. Here, a model for simultaneous
interphase heat and mass transfer is developed so as to
explain the different trends of variation of heat transfer
coefficient observed by Kandlbinder [1]; in Kandlbind-
er’s experiments, it was found that (in forced convective
evaporation) the heat transfer coefficient could decrease
with increasing quality, contradicting what is expected
for single component fluids, i.e., increasing heat transfer
coefficient trends with increasing quality. The proposed
methodology is based on a Colburn-Drew formulation
and incorporates the combined effect of droplet inter-
change (entrainment and deposition) described in Part I
of this paper.

In what follows, Section 2 gives a brief overview of
the predictive methods for forced convective boiling of
mixtures available in the literature. Section 3 describes
the modelling of interphase heat and mass transfer
carried out in the present work. Results are shown in
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Section 4. Predictions of local heat transfer coefficients
and of wall, interface and core temperatures are pre-
sented and compared with the experimental results by
Kandlbinder [1] for boiling of n-pentane/iso-octane
mixtures in a vertical, 25.4 mm ID, 8.68 m long, elec-
trically heated, stainless steel test section. Finally, con-
clusions are drawn in Section 5.

2. Review of prediction methods for convective boiling of
mixtures

Predictive methods for boiling of single component
fluids form the basis for development of methods for
mixtures. The most widely used correlation for this case
is the one proposed by Chen [2]. Chen postulates that
the heat transfer coefficient is made up of two parts: (a) a
micro-convective (or nucleate boiling) portion oy, and,
(b) a macro-convective (or forced convective) portion,

ocmacs
o= 0(mav:F‘ + 0(micS7 (1)
where
A
Oanae = 0.023 d—:ReggprgA, )
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Nomenclature

Ap mass diffusivity (m? s7!)
Ah, latent heat of vaporisation (J kg™")

Crnix mixture correction factor ATy,  boiling range (K)
Cp specific heat capacity at constant pressure A thermal conductivity (W m~" K™")
Tkg' K™ viscosity (N s m—2
g n y
dr diameter of tube (m) ¢ finite flux correction factor for mass transfer
D deposition rate (kg m~2 s7!) o1 finite flux correction factor for heat transfer
E entrainment rate (kg m=2 s7!) P density (kg m™3)
F enhancement factor in Chen correlation a surface tension N m™!
] mass flux (kg m™2 s71) .
P pressure Pa gubscrlp Itasulk
Pr Prandtl number C core
g heat flux (W m™) E  equilibrium
Re Reynolds number 4 .
. GC vapour/gas in the core
S thickness of layer (film method) (m) . . .
. . : i component identifier, 1-pentane
S suppression factor in Chen correlation I interface
T temperature (K) L.
.. . . L liquid phase
X composition of liquid (mass fraction) . -
. LE entrained liquid
X quality ..
o LF liquid film
X Martinelli parameter mac  macro-convective
y composition of vapour (mass fraction) mic micro-convective
y auxiliar radial co-ordinate (m) .
. . sat saturation
z axial co-ordinate (m)
tp two-phase
Greek symbols W wall
o heat transfer coefficient (W m=2 K') Superscript
b1z mass transfer coefficient (m s7!) . finite flux
&
Re, — my T’ (3) and,
m
Rey, = Re F'%. (11)
n.c . . :
Pro = ];1—pL7 (4) The original paper gave graphical correlations for F
- and S; Egs. (5) and (8) are later empirical fits to the
| 1201 graphical relationships. An adaptation of the Chen
=00 correlation for mixtures was proposed by Bennett and
F= 235[ 1 1 0213 0.736 f Lol (5) Chen [3], based on data obtained with an ethylene gly-
’ L‘_u +0 ] Uow sUh col-water mixture. Modified enhancement and sup-
pression factors were proposed so as to cope with
1 o\ s\ x "™ mixture effects in both micro- and macro-convective
X (p_) (’1_) (m) ) (6) portions. Celata et al. [4] compared both the Chen [2]
" N - and the Bennett and Chen [3] correlations with their
1070045 049 A 70240 075 data for boiling of refrigerant mlxtures. .They found that
oy = 0.00122 7L et L sat_“Psat (7) the performance of the correlation for single component
a5 p&t Ahy fluids was very similar to that for mixtures. The Chen [2]
correlation showed only a slightly larger scatter than the
1 Bennett and Chen [3] correlation with most of their data
§= 1+253 x lostetll.)n’ (8) lying W.ithin an error band greater than} +20%. The
correlation by Mishra et al. [5] was also implemented,
but it showed lower accuracy.
AT = Tw = T, ©) Palen [6] also suggested the use of a modified form of
the correlation by Chen [2] for boiling of mixtures. In
Apar = psat(Tw) — Psat(Tear) (10) this case, the nucleate boiling coefficient was adjusted for
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mixture effects but no correction was proposed for the
forced convective contribution.
The heat transfer coefficient is given by

o = Omack + “miccmixsv (12)

where Cpix 1S a mixture correction factor defined by
Palen and Small [7] as,

Ciix = exp(—0.027AT,,,), (13)

where ATy, is the boiling range (difference between the
dew point and bubble point temperatures).
Kandlbinder [1], after comparing the performance of
several correlations for boiling of mixtures, concluded
that, though none of the existing correlations performed
well, the correlation by Chen [2] with correction
suggested by Palen [6] gave the best results. Thus, the
Chen/Palen formulation was chosen for the calculation
of wall temperatures carried out in the present paper.
Such a calculation is part of a complete methodology
fully described in the next section. More recently,
Kandlikar [8] proposed an upgraded correlation for bi-
nary systems based on a correlation for pure fluids [9].
This incorporates the diffusion-induced nucleate boiling
suppression factor to account for severe suppressions
observed for mixtures with larger volatility differences.
In forced convective evaporation of binary mixtures
in annular flow, the interface concentration of each
component will normally be different from their con-
centrations in the bulk vapour. The interface concen-
trations must be such as to allow the diffusion of the
evaporating material from the interface into the bulk.
This leads to a mass transfer resistance effect analogous
to that found in condensation. Thus, whereas in con-
densation of multicomponent mixtures, the interface
temperature is reduced relative to the equilibrium value,
the interface temperature in evaporation is increased
relative to the equilibrium value. Two main types of
methods have been used for estimating these mass
transfer effects. The first class of methods is based on the
approximate methods for condensation developed by
Silver [10] and Bell and Ghaly [11] (the SBG methods);
the studies of Palen et al. [12], Sardesai et al. [13] and
Murata and Hashizume [14] fall into this category. A
more refined class of models are those based on the
Colburn film theory. Shock [15] investigated theoreti-
cally the purely convective region by writing balances
for the components over an element as the sum of dif-
fusive and net flow portions. Closure relationships for
heat and mass transfer on the vapour side were given by
the Chilton—Colburn analogy. In the liquid film, mass
transfer was calculated via an extension of the method of
Hewitt [16] for heat transfer in single component flows.
The model was applied to water—ethanol mixtures and,
as the main conclusion, it can be said that the role of
mass transfer resistance within the phases was found to
be not very important in the cases studied. However,

Thome and Shock [17] pointed out that such conclusions
may not be valid for systems with wider boiling ranges
(as the hydrocarbon mixtures studied here). In addition,
the effects due to droplet interchange and interfacial
roughness were not assessed by Shock’s formulation.

3. Modelling
3.1. The heat transfer coefficient

In order to validate the analysis presented in this
paper, comparisons with experimental data have been
carred out in two different ways: (i) comparison of pre-
dicted and measured wall temperatures: (ii) comparison
of heat transfer coefficients. The heat transfer coefficient
in multicomponent mixtures is normally defined by the
following equation:

qw

o To—To)’ (14)
where T is the flow equilibrium bulk temperature cal-
culated from the local mean enthalpy and pressure. As a
result of the postulated existence of different composi-
tions in the film and in the droplets,  as defined by Eq.
(14) will be different from « as defined by the ratio of the
heat flux to the temperature difference across the film.
However, since the wall temperature, Ty, is calculated as
part of the present methodology, since 7 can also be
estimated using the vapour-liquid equilibrium routines
and since ¢, is known, it will be possible to obtain a
predicted heat transfer coefficient from Eq. (14) which
can be compared with the experimental heat transfer
coefficient calculated from Eq. (14) using the measured
values of T,.

The wall temperature is calculated by applying to the
interface temperature the Chen [2] correlation with the
(small) nucleate boiling component corrected for
multicomponent effects [6]. 77, in turn, is obtained as
part of a solution of a system of equations for interphase
heat and mass transfer. This system is modelled via a
Colburn-Drew methodology and is the subject of the
next section.

3.2. Interphase heat and mass transfer

As mentioned in Section 1, a methodology analogous
to that of condensation problems is pursued here.
Though, for completeness, a summary of the method-
ology is given here, the reader who wishes to have a
more detailed description is referred to the papers of
Webb and McNaught [18] and Webb [19].

The physics of the problem is schematically illus-
trated in Fig. 1. It is postulated that the annular flow
regime prevails and liquid is present in the core in the
form of small entrained droplets. Droplet interchange
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way Liquid Transfer Gas
film layer core

Fig. 1. Illustration of the problem.

between the core and the liquid film occurs as described
in Part I of this paper. The gas phase is a saturated or a
subcooled mixture which may contain non-condensing
gases as well as vapours. All the resistances to heat and
mass transfer in the gas side are assumed to lie in thin
layers of thicknesses s, and s, adjacent to the interface.
The flow in such layers is assumed to be steady, laminar,
and one-dimensional. Transport properties are consid-
ered constant. Homogeneous chemical reactions, viscous
dissipation, and radiant-emission or absorption in the
fluid are neglected.

Energy is transferred to the vapour flowing in the
core in the form of latent and sensible heat

gcc = gaeL + ga6es- (15)

Latent energy is released due to evaporation taking
place at the interface. It is given by

2
docL = Zml,iAhvﬁi‘ (16)

i=1

The release of sensible energy to the vapour is due to
two distinct mechanisms: (i) cooling of the evaporating
component from 7 to T¢ (the mean temperature of the
homogeneous core) as it travels from the interface to the
bulk and, (ii) heating of the vapour in the core from T¢

to (Tc + ATc) (conduction of heat through the laminar
layer). These are as follows:

2

. . dr

qGes = Zml,ichC.i(T - TC) - Ad_y' (17)
i=1

Integrating from y =0 to y =s,, with the boundary
conditions shown in Fig. 1, gives

dces = Oﬂ.cce¢T(7} —Tc), (18)
where
.« sGePr
GC = o _ (19)
toe = 25€ (20)
Sh
and
1 &2
o1 = P ;ml,iCpGC,b (21)

The total energy to the vapour in the core is thus,

2
dcc = Z’hl.iAhv.i + agee? (T — Tc). (22)

i=1

With the above simplifying assumptions and using
Fick’s Law as the constitutive relationship for the dif-
fusive mass fluxes, the equations of change for the
vapour mass fluxes in the layer are [20]

i im-f A i =0 (23)
dy Vi - i — PGc 12dyyi =V

Integration over the limits y = 0 and y = s,, with the
appropriate boundary conditions gives,

my = PGcﬁTz (yigliiyﬁj ) s (24)
where
my = nyy + g, (25)
_
z= o (26)
. ¢
P = ﬂlzm (27)
and
o
¢ = . 28
pachi (@)

Eq. (24) is not a complete description of the evaporation
process as only it diffusional part was specified. Another
relationship is needed (determinacy condition) so that s
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is known. Two kinds of determinacy conditions may be
used; as in condensation, they are linked to degree of
mixing in the liquid film (condensate). The first deter-
minacy conditions — fully mixed liquid film — is appro-
priate for vertical tubes where the liquid film flow is
turbulent. It is assumed that no radial gradients of
concentration exist in the film. Thus, xip, =¥, =
(rar1)/m1. The second determinacy condition — unmixed
liguid film — is typical of laminar liquid film flow in
vertical tubes and of horizontal geometries. For this
condition, x r,, = (rnr1) /. It is expected that real cases
lie between these two extremes. For the present geome-
try and flow regime in the liquid film, the first determi-
nacy condition — fully mixed liquid — seems more
appropriate (the action of disturbance waves is towards
a homogenisation of the concentration in the film). In
this case, the interfacial liquid composition is known a
priori (previous liquid film evaporation) and a bubble
point calculation defines the interfacial state (vapour
composition and interfacial temperature).

An energy balance over an element of the homo-
geneous core of length dz (see Fig. 1) gives,
. d 4 .
icepe - Te = = [05e (T = Te) + (B = (D)) epie(Ti — T,

T
(29)

where the first term in the RHS is the conductive con-
tribution of the heat flux to the vapour-phase. The sec-
ond term in the RHS is the net energy released/absorbed
by the entrained liquid due to entrainment and depo-
sition. riic, cpc and Tc are the homogeneous core mass
flux, specific heat capacity and temperature, respectively.
These are given by:

tiic = tige + (MLE), (30)

e = tge + (MLg) (31)
P mae/cpae + (Mig/cpie)’

To = meecpae + (MLECHLE) (32)

iigeepae/ Toe + (ieepie/ Tie)

where the cumulative operator () is defined as in part L.
An additional closure hypothesis is as follows:

dGc = 4w — GED; (33)
where
gep = (E — (D))cpie(Ti — Tc). (34)

This assumption states that the wall heat flux is equal
to the sum of the energy absorbed by the vapour and
that absorbed by the entrained droplets due to entrain-
ment and deposition.

A conservation equation for the bulk vapour con-
centration is as follows:

%yb.i = ﬁ (Fn; — ri)- (35)
Egs. (29) and (35) are solved, together with the

overall mass and momentum and film component

mass balance equations derived in Part I, within a

marching algorithm for the annular flow region. At

each step dz, an iterative procedure is carried out to

determine the interfacial mass fluxes, compositions

and temperature. The solution algorithm comprises

the following steps:

1. known: xig,, (= xLr,, ), o1, Ic;

2. calculate y;;, I} — bubble point temperature subrou-

tine;

guess: 7y

calculate z (= iy /i) — Eq. (24);

calculate: ggc — Eq. (22);

compare: If ggc # gw — ¢ep, update sir; and return to

step 4.

The gas-phase heat and mass transfer coefficients are

calculated via Dittus—Boelter type relationships. As

suggested by Webb et al. [21], no enhancement due to

interfacial wave effects or entrainment was taken into

account in such a calculation. The vapour side mass

diffusivities are calculated via the method by Fuller et al.

[22]. Other physical properties are estimated by the same

methods described in Part I.

Finally, wall temperatures are determined using the
calculated interface temperature, the wall heat flux and
the heat transfer coefficient obtained via the Chen/Palen
formulation. As already mentioned in Part I, there is at
present no general method for calculating the entrained
fraction at the onset of annular flow. Thus, the approach
of assuming a series of values covering the likely range
(i.e., 0%, 10%, 20% and 40%) and carrying out calcula-
tions for each of these values is still undertaken in the
heat and mass transfer calculations.

SNk W

4. Results

In the present section, the heat transfer results are
compared with the experimental data obtained by
Kandlbinder [1] for binary (n-pentane/iso-octane) mix-
tures. In Kandlbinder’s experiments, thermocouples
were located at the outer wall and at the centreline of the
tube. In order to estimate the inner wall temperatures
(values with which the present predictions are com-
pared), Kandlbinder solved the heat conduction equa-
tion with internal heat generation, having the outer wall
temperatures as boundary conditions. As far as the bulk
temperature measurements are concerned, it is expected
that, due to the distribution of the phases in the annular
flow pattern (the thickness of the liquid film is of the
order of a fraction of millimeter), the temperature pro-
files recorded by the bulk (centreline) thermocouples are
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Run No. Fov p (MPa) Gw (kW m™2) my (kg m™2 s7!)
Run 1 0.7/0.3 0.23 57.7 286.6
Run 2 0.7/0.3 0.30 59.6 303.1
Run 3 0.7/0.3 0.60 60.2 295.0
Run 4 0.7/0.3 0.23 49.8 292.8
Run 5 0.7/0.3 0.61 68.4 503.8
Run 6 0.7/0.3 0.32 49.3 305.0
Run 7 0.7/0.3 1.00 49.8 299.2
Run 8 0.35/0.65 0.22 59.4 295.2
Run 9 0.35/0.65 0.29 58.9 302.2
Run 10 0.35/0.65 0.61 59.1 304.9
Run 11 0.35/0.65 0.22 40.7 195.8
Run 12 0.35/0.65 0.22 49.3 297.1
390.00 T T T I T T 400.00 T T T T T T
-~ 0% Initial entrainment T 0% Initial entrainment
7 - 10% Initial entrainment T - 10% Initial entrainment 7
— — 20% Initial entrainment 20% Initial entrainment
380.00 11 405 initial entrainment wal ~ ] 390.00 40% Inital entrainment wall 7
[e3 Core temperature (Kandlbinder, 1997) // Core temperature (Kandlbinder, 1997) /ﬂl
T O walltemperature (Kandibinder, 1397) 17 0 ] Wall temperature (Kandlbinder, 1997) o b
£ 37000 - — < 38000 —
g H
S ss000 — g § 7000 — —
350.00 — — 360.00 —| —
340.00 . T . ‘ . Y . 350.00 : I T | T | .
2.00 4.00 6.00 8.00 10.00 2.00 4.00 6.00 8.00 10.00
(a) z[m] (b) z[m]
T ’ T | T ] T
T T T I ' i — - - 0% Initial entrainment
0% Initial entrainment 460,00 - 10% Initial entrainment b
440.00 —{ [~ ° - 10% Initialentrainment 7T |— — 20% nitial entrainment
20% Initial entrainment b —— 40% Initial entrainment Wl ]
40% Initial entrainment || ©  Coretemperature (Kandibinder, 1997) /
1 Core temperature (Kandibinder, 1997) - O  Walltemperature (Kandibinder, 1997) ; 7
. Wall (K . 1997) ,é'o wall — = ]
T 42000 | ‘o 440.00 —
2 _ g s
- . ]
2 Pt
400.00 — N 420.00 — T
<
= o 7 — |
380.00 T T T T T T T 400.00 T T T T T T T
2.00 4.00 6.00 8.00 10.00 2.00 4.00 6.00 8.00 10.00
(c) z{m] (d) z{m}

Fig. 2. Predictions of wall, interface and core temperatures: (a) Run 4, (b) Run 6, (c) Run 3, (d) Run 7. Conditions are those of Table 1.
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E \‘»\ <o
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® 3000.00 — —
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= _ 4
®
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2500.00 — —
2000.00 : I . ‘ : I ;
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(c) z(m)
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4500.00 T T T T T T T T T
0% Initial entrainment
) 10% Initial entrainm ent
20% Initial entrainment T
4000.00 —
o 40% Initial entrainment Chen/Palen
T N Kandibinder (1997) |
£
3
S 3500.00 —
2
2 < -
2 553 e
5 o2 SN
‘» 3000.00 — N Ao
2 % "C0000
s .
= i A
L
T
2500.00 —| 7
2000.00 T T T T T T T T T
4.00 5.00 6.00 7.00 8.00 9.00
(b) z[m)
4000.00 T T T I T I T
N Chen/Palen i
<
o~
E
%’ 3000.00 — —
1=
Ry
e
3 R
§ i EEN ° i
2 "N
17 o0 O -
s O0YS 5265907
= NN
- — - N
S 0% Initial entrainment .
2 200000 — N —|
10% Initial entrainment N
20% Initial entrainment
40% Initial entrainment
Kandlbinder (1997)
T T T T T T T
5.00 6.00 7.00 8.00 9.00
(d) z[m]

Fig. 3. Predictions of heat transfer coefficient: (a) Run 4, (b) Run 6, (c) Run 3, (d) Run 7. Conditions are those of Table 1.

those corresponding to the homogeneous core. Thus, the
predicted distributions of 7¢ are compared with the ex-
perimental data.

The conditions in the calculations are the same as
presented in Part I and are shown in Table 1 for com-
pleteness. Fig. 2(a)-(d) show the predictions of wall, in-
terface and core temperatures for different initial
entrained fractions at various conditions. As for the
distributions of mean concentration in the film and in the
entrained droplets, a variation in the initial entrained
fraction provokes an opposite effect in the behaviour of
mean temperatures; higher values of initial 7z g induce
lower profiles of T¢ and higher profiles of 7;. It can be
observed that the measured temperature trends are well
picked up by the formulation, but the agreement some-
what decreases with increasing pressure. The probable
reason for the discrepancy between the present model and

the data at higher pressures is that the various correla-
tions and methods embodied in the proposed formula-
tion were originally obtained from low-pressure data.

The measured heat transfer coefficients, calculated by
introducing the known wall heat flux, the measured wall
temperature and the calculated value of Tg into Eq. (14),
are compared with those calculated using the present
methodology in Fig. 3(a)-(d) for the same conditions as
in Fig. 2. Again, the capability of the formulation at
predicting the decrease in the heat transfer coefficient
with increasing quality is evident.

Also shown in Fig. 3(a)-(d) are the predictions
obtained from the Chen [2] correlation taking account
of mixture effects on the (small) nucleate boiling co-
efficient using the correlation of Palen and Small [7].
As will be seen, this modified version of the Chen
correlation overpredicts the heat transfer coefficients.
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0.90 . , ; . ;

0.84 —

— - — 0% Initial entrainment

10% Initial entrainment

Concentration of n-Pentane (mass fraction)
1

Interface
— —  20% Initial entrainment

40% Initial entrainment

0.80 T I T I T I T
5.00 6.00 7.00 8.00 9.00
(a) z [m]

0.92

0% Initial entrainment

Concentration of n-Pentane (mass fraction)

10% Initial entrainment

20% Initial entrainment

40% Initial entrainment,

0.72 T T T T T T T T T
4.00 5.00 6.00 7.00 8.00 9.00

(b) z [m]

Fig. 4. Profiles of bulk and interfacial concentrations of n-pentane in the vapour core: (a) Run 5, (b) Run 6. Conditions are those of

Table 1.

Since the Chen/Palen method was also used in the
present methodology for calculating the film coeffi-
cient, the difference between the Chen/Palen predic-
tions based on a conventional interpretation and those
arising from the present model (combined effect of
droplet interchange and mass transfer resistance) give a
direct indication of the importance of these mecha-
nisms. As observed, a very significant effect is pre-
dicted.

As mentioned before, there is at present no method
for calculating the initial entrained fraction and it is
expected that such a value is higher than that obtained
by equating the entrainment and deposition rates
(equilibrium value) at the point of onset of annular flow.
An analysis of Figs. 2 and 3 suggests that the likely value
of the initial entrained fraction for the cases studied lies
in the 10-20% range (higher than the 5-10% equilibrium
values range).

In Fig. 4(a) and (b), typical profiles of bulk and in-
terfacial vapour concentrations are presented for various
initial entrained fractions. As expected, an increase in
the initial entrained fraction gives lower predictions of
W1 and yp;, as a lower amount of liquid is available in
the film for evaporation. Surprisingly, profiles of inter-
face concentration are lower than those for the bulk
vapour. This trend (expected for condensation) was also
observed in the simulation of Shock [15].

Fig. 5(a) and (b) show typical plots of the ratio
gep/qw against the axial distance. It is observed that the
energy absorbed/released by the entrained droplets due
to droplet interchange is lower than 10% of the wall heat
flux. Moreover, as the liquid film gets thinner (due to
entrainment and phase change), the entrainment rate
decreases and the contribution due to droplet deposition

in Eq. (33) becomes more significant. This leads to the
maxima observed towards the end of the pipe in Fig. 5(a)
and (b).

5. Conclusion

In this paper, a model for interphase heat and mass
transfer was presented and applied to forced convective
boiling of binary mixtures in annular flow. The model is
based on a Colburn—Drew type formulation and it in-
corporates hydrodynamic effects due to droplet inter-
change (as described in the first part of the paper) to the
calculation of the interface heat flux.

The main conclusions arising from this study are as
follows:

1. The process of droplet interchange coupled with the
preferential evaporation of the more volatile compo-
nent from the liquid film generate a local concentra-
tion imbalance between the liquid film and the
entrained droplets. As a result, a difference in mean
(saturation) temperature between the two liquid
streams is observed.

2. The combined effect of mass transfer resistance (due
to gradients of concentration building up adjacent
to the interface in the gas core) and of droplet inter-
change give rise to interfacial temperatures higher
than a mean temperature obtained via the calculation
of the local enthalpy of the flow (mean equilibrium
temperature). Therefore, increased wall temperatures
are observed.

3. As far as the heat transfer coefficient is concerned,
the deteriorating trends observed by Kandlbinder
[1] at high qualities are well predicted by the present
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Fig. 5. Profiles of energy released/absorbed by entrained droplets: (a) Run 3, (b) Run 6. Conditions are those of Table 1.

formulation (o is defined as the ratio between the
wall heat flux and the difference between the wall
and the mean equilibrium temperatures). However,
the accuracy of the predictions reduces with increas-
ing pressure. This may be related to the fact that
most of the correlations and methods used in the
present formulation were devised based on low-pres-
sure data.
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